
Optimal Design of a Gas-to-Liquids Process
with a Staged Fischer-Tropsch Reactor

The optimal design of a natural gas-to-liquid hydrocarbons (GTL) process with a
multistage cobalt-based Fischer-Tropsch reactor and interstage product separation
is considered. The objective function is to maximize the wax (C21+) production
rate at the end of the reactor path. Sectioning of the Fischer-Tropsch reactor
increases the chain growth probability inside the reactor which results in a higher
production of wax. The carbon efficiency of the two-stage reactor is distinctly
higher than that of the single-stage reactor.

Keywords: Fischer-Tropsch synthesis, Gas-to-liquid process, Reactor staging,
Wax production

Received: January 21, 2016; revised: March 19, 2016; accepted: May 20, 2016

DOI: 10.1002/ceat.201600040

1 Introduction

Fischer-Tropsch synthesis (FTS) was first described in the liter-
ature in 1935 [1]. FTS became increasingly attractive due to the
recent developments and improvements of the technology,
clean-burning fuels derived from the process (low sulfur, low
aromatics), and because the process can be used to convert nat-
ural gas resources in remote areas to transportable liquid fuels.

In the Fischer-Tropsch reactor, the synthesis gas (syngas)
containing mainly H2 and CO is converted to a wide range of
hydrocarbons like paraffins, olefins, oxygenates etc., and then
upgraded to intermediate or final fuels and chemicals [2]. Any
rich carbon raw material may be used as feedstock to produce
syngas. The type of the feedstock, e.g., biomass, coal or natural
gas, will determine the technology of the syngas production
section [3]. When coal or biomass is employed as raw feed, the
syngas is produced by gasification.

There are several routes to produce syngas from natural gas,
i.e., auto-thermal reforming (ATR), steam methane reforming
(SMR), combined reforming, and gas-heated reforming (GHR)
[1]. For gas-to-liquid (GTL) applications, it is claimed that the
ATR is the most economical technology to produce syngas
[4, 5].

Iron or cobalt catalysts are mainly used in the FT reactor [6].
Water-gas shift reaction is active on iron catalysts but negligible
on cobalt catalysts. Four different types of reactors are used to
convert syngas to liquid fuels: fixed-bed, slurry bubble column,
fluidized-bed, and circulating fluidized-bed reactors [1]. The
product distribution in the FT reactor depends on the composi-
tion of syngas, operating conditions, FT catalyst type, reactor
technology employed for FT synthesis, and deactivation of FT

catalyst [1]. The raw product leaving the FT reactor is sent to
an upgrading section for further treatment in order to meet the
final product specifications (Fig. 1) [2].

Syngas production and upgrading of FT products are already
established and developed technologies, e.g., syngas production
is widely used in methanol and ammonia synthesis and
upgrading of FT products originates from the petroleum refin-
ing industry. The FT synthesis could be optimized and devel-
oped in different ways to reduce the investment cost and, in
addition, there is a need to improve carbon and energy efficien-
cies.

The Sasol Oryx GTL plant in Qatar is the world’s first
commercial-scale GTL plant with a production capacity of
34 000 bbl day–1 liquid fuels. There are two parallel trains with
two cobalt-based slurry bubble column reactors (SBCR). The
volume of each reactor is 2000 m3 [7].

The largest operating GTL plant is the Shell Pearl plant in
Qatar with a production capacity of 260 000 bbl day–1:
120 000 bbl day–1 upstream products and 140 000 bbl day–1 GTL
products. There are two parallel trains in this plant and the
proprietary Shell middle distillate synthesis (SMDS) process is
applied. Methane and oxygen from the air separation unit
(ASU) are converted into syngas. Syngas is then cooled down
to produce steam via the steam turbines. In the next stage, the
syngas passes through 24 fixed-bed reactors filled with Shell
proprietary cobalt synthesis catalyst inside the tubes. Syngas is
converted into very heavy and waxy hydrocarbons and water
in the FT reactors. In the upgrading section, the wax from the
FT reactors is hydrocracked into shorter chains and in a distil-
lation column the hydrocracked cuts are separated [8].

This study is the continuation of our previous work where
auto-thermal reforming (ATR) is used to convert natural gas to
syngas. The kinetic model for FT reactions is the one given by
Iglesia et al. for a cobalt-based FT reactor [9]. The overall pro-
cess flow sheet is presented in Fig. 2 [9] which is used to study
the sectioning of the FT reactor. In all cases, the total volume is
fixed at 2000 m3, i.e., the same volume of the Sasol Oryx slurry
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reactor. Staging of the FT reactor will provide more degrees of
freedom for optimization.

Sectioning of chemical reactors into stages has been widely
applied. Androulakis and Reyes investigated oxidative coupling
of methane (OCM) on a multistage plug-flow reactor [10]. The
effect of feed distribution in a packed-bed membrane reactor
for methanol oxidative dehydrogenation was studied by Diakov
and Varma [11]. Conversion of a staged slurry bubble column
reactor for FTS was optimized by Maretto and Krishna [12].
Oxygen distribution and selective combustion of hydrogen
during propane dehydrocyclodimerization reactions was per-
formed by Waku et al. [13]. The effect of catalyst dilution and
feed distribution of two case studies involving nitrobenzene
hydrogenation and ethylene oxidation was investigated by
Hwang and Smith [14]. Guillou et al. [15] studied the effect of
distributed hydrogen in a microchannel FT reactor.

The effect of main operating variables such as temperature,
partial pressure of hydrogen, liquid and hydrogen flow rates
on conversion of hydrogen and selectivity of cyclo-dodecene
in consecutive hydrogenation of 1,5,9-cyclododecatriene to
cyclo-dodecene was analyzed by Stuber and Delmas [16] in a
multistage operation. Ngwenya et al. [17] examined the influ-
ence of operating parameters on the performance of the
cobalt catalyst-based FT reactor with different objective func-
tions. Manenti et al. investigated possible design improve-
ment in a series of fixed-bed reactors for methanol and
dimethyl ether synthesis [18]. Hillestad applied the systema-
tic staging method on a methanol reactor [19]. Staging will
increase the production rate of methanol at the end of the
reactor path. Staging of the FT reactor individually (single
pass) was recently published for iron- and cobalt-based cata-
lysts. A lumping technique was used to reduce the number
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Figure 1. Simple process flow diagram of a GTL process [2].

Figure 2. Scheme of a GTL plant [9].
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of components. Staging of the FT reactor will increase the
production rate of key components [20, 21].

2 Modeling and Process Description

2.1 Synthesis Gas (Syngas) Production

The syngas step converts the natural gas feed into a mixture
containing mainly H2 and CO. The key variable is the H2/CO
ratio at the outlet of the syngas unit. The optimal H2/CO ratio
depends on the FT technology. Although a usage ratio of 2:1 is
implied by the FT reactions, the real usage ratio depends on
the chain growth probability and product selectivity.

Natural gas feed is preheated and then fed to the prereformer
to have full conversion of higher hydrocarbons than methane
to H2 and CO. In addition, the methanation and water-gas shift
reactions are assumed to be in equilibrium [4, 22].

CnHm þ nH2O fi nCOþ ðnþm=2ÞH2 (1)

The stream leaving the prereformer is further heated and
then goes through the auto-thermal reformer (ATR).

The most important reactions in the ATR are listed below
[23]:

CH4 þ 1:5O2ÐCO þ 2H2O D H0
298 ¼ � 520 kJ mol�1

(2)

CH4 þ H2OÐCO þ 3H2 D H0
298 ¼ 206 kJ mol�1 (3)

CO þ H2OÐCO2 þ H2 D H0
298 ¼ � 41 kJ mol�1

(4)

In this study, chemical equilibrium at the ATR outlet is
assumed which is a reasonable assumption for simulation pur-
poses.

2.2 Fischer-Tropsch Synthesis

In the FT reactor, the syngas reacts to form a mixture of hydro-
carbons with different chain length [24].

COþUH2H2 fi�CH2� þH2O (5)

where UH2
1) is the usage ratio of H2. The kinetic model applied

in this study is the one given by Iglesia et al. for a cobalt cata-
lyst, where methane production and CO consumption are giv-
en by Eqs. (6) and (7), respectively [25].

rCH4
¼

k1PH2
PCO

0:05

1þ K1PCO
(6)

rCO ¼
k2PH2

0:6PCO
0:65

1þ K1PCO
(7)

Iglesia’s reaction rate on a cobalt catalyst is valid at
473–483 K, 100–3000 kPa, H2/CO = 1–10, and CO conversions
lower than 15 %. It is assumed that this kinetic model is still
valid for H2/CO < 1 and CO conversion > 15 %. It is known
that applying Iglesia’s kinetic model outside the validity range
is a possible source of error. This kinetic model is chosen
because it takes into account a higher selectivity of methane.
However, other available kinetic models could be applied, e.g.,
the kinetic model developed by Yates and Satterfield [24]. In
their kinetic model, the consumption rate is measured in a
well-mixed continuous-flow slurry reactor operating at
T = 220–240 �C, P = 0.5–1.5 MPa, H2/CO of feed = 1.5–3.5,
conversion of H2 and CO 6–68 % and 11–73 %, respectively.
The mass fractions of FT products heavier than methane are
assumed to follow an ideal Anderson-Schulz-Flory (ASF) dis-
tribution where a is the chain growth probability. For cobalt
catalysts, chain growth probabilities between 0.85 and 0.95 are
reported [26].

Wn ¼ nð1� aÞ2an�1 n ¼ 2; 3; :::;¥ (8)

The carbon mass balance and production rates of paraffins
and olefins as given by the ASF distribution model are pre-
sented in detail in our previous paper [9]. Three different
methods for obtaining chain growth probability (a) are consid-
ered. For each carbon number, olefins and paraffins are pro-
duced, and the factor g determines the olefins/paraffins ratio.
This ratio is assumed to be constant and is equal to 0.35.

This study is based on the assumption that the FT reactor is
a slurry bubble column-type reactor. The fluid mixing inside
the reactor depends on the arrangement of the cooling tubes,
superficial velocity of gas and liquid, geometry of the reactor,
etc. In slurry reactors, the gas phase can be assumed to be plug
flow while the liquid phase is suggested to be well-mixed. The
reactions take place in the slurry phase. Here, the FT reactor is
approximated with a continuous stirred-tank reactor (CSTR)
operating at 210 �C [9]. The partial pressures of H2 and CO
inside the reactor are used to calculate the probability of chain
growth. The pressure of syngas to the first reactor is 2459 kPa.
A pressure drop of 2 bar along the reactor path is assumed. For
a four-stage configuration, the pressure drop of each reactor is
50 kPa.
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Table 1. Kinetic and adsorption parameters in Eqs. (6) and (7)
[9].

Parameter Arrhenius expression

k1 [kmolCH4Pa�1:05 m�3
reactors�1] 8:8 · 10�6expð� 37326

RT
Þ

K1 [Pa–1]
1:096 · 10�12expð��68401:5

RT
Þ

k2 [kmolCOPa�1:25 m�3
reactors�1] 1:6 · 10�5expð� 37326

RT
Þ

–
1) List of symbols at the end of the paper.
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3 Results and Discussion

The FT reactor is sectioned into stages (ns) and design func-
tions are optimized to maximize an objective function. The
objective function is maximization of wax production at the
end of the reactor path. The degrees of freedom are: steam-to-
hydrocarbon ratio (S/C) to the prereformer, oxygen-to-hydro-
carbon ratio (O/C) to the ATR, purge ratio, the recycled tail gas
fraction to the syngas and FT sections, CO2 removal fraction,
and number of stages.

In all cases, the total volume is fixed at 2000 m3 which is
equal to the volume of the Sasol slurry reactor at Oryx GTL
plant in Qatar. Water and liquid hydrocarbons are separated by
an interstage three-phase separator as depicted in Fig. 3.

An Aspen HYSYS process simulator is used to simulate and op-
timize the GTL process (Fig. 2) with a staged FT reactor (Fig. 3).

3.1 Case with Single-Stage FT Reactor (Base Case)

The base case is the GTL process with a single-stage FT reactor
(ns = 1), Fig. 2. The volume of the reactor is 2000 m3. The opti-
mization results of the base case are given in Tab. 2. The carbon
efficiency in Tab. 2 is defined as the ratio of carbon moles in
the final FT products and carbon moles in the feed to the pro-
cess, including make-up natural gas used as fuel in the fired
heater.

In the simulations, the fired heater duty is calculated to sup-
ply energy for the following streams [9]:

(a) Preheating the two streams below 455 �C:
– fresh natural gas feed
– recycled tail gas from the separator located downstream

of the FT reactor (prereformer feed).
(b) Superheated steam as prereformer feed and superheated

steam for driving the turbines of compressors in the ASU
and also the recycled tail gas compressor.

(c) Preheating the ATR feed to 675 �C.
(d) Preheating the oxygen stream coming from the ASU to

200 �C.
(e) It is assumed that 10 % of the total fired heater duty are

used to supply superheated steam for other mechanical and
rotating equipment in the process.

In this case, the steam-to-carbon ratio to the prereformer
and tail gas purge ratio become active in the provided lower
bound of 0.4 % and 1 %, respectively. The temperature of the
syngas leaving the ATR is always kept constant at 1030 �C by
changing the amount of pure oxygen [9]. The H2/CO ratio of
fresh syngas is 0.73 and it is reduced to 0.52 when it is mixed
with 61 % of the tail gas recycled to the FT reactor. The H2/CO
inside the reactor is 0.33. The probability of chain growth in
this case is 0.966. The production rate of C21+ is 77753 kg h–1.
The amount of pure oxygen to adjust the outlet temperature of
the ATR at 1030 �C is 6818 kmol h–1. The ratio of recycled
stream to the fresh syngas is 1.22 kg kg–1. The flow rate of purge
stream is 892 kmol h–1 and contains mainly CO (62.13 %), H2

(20.50 %), CO2 (9.19 %), and CH4 (2.43 %). In the CO2 removal
unit, 1530 kmol h–1 of CO2 is removed from the fresh syngas.
The flow rate of syngas to the reactor is 109 500 kmol h–1.
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Figure 3. Multistage FT reactor with interstage product separation.
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The total productions of methane and water in the FT reac-
tor are 140 and 6689 kmol h–1, respectively. The per pass con-
versions of H2 and CO in the FT reactor are 42.97 and 10.78 %,
respectively. On the other hand, the total conversions of H2

and CO are 65.48 % and 23.21 %, respectively. The amount of
heat needed to be removed from the FT reactor is 1.08 ·109 kJ
hr–1. The flow rate of make-up natural gas as fuel to the fired
heater is 1620 kmol h–1. In this case, 90 kmol h–1 of CO2 is emit-
ted to the atmosphere via purge stream.

Tab. 3 summarizes the production rates of hydrocarbons in-
side the FT reactor (a = 0.966). From this table it can be seen
that the selectivity of methane using the Iglesia’s kinetic model
is higher than for the case where the methane production rate
follows the ASF model.

3.2 Case with Two-Stage FT Reactors and Product
Separation between Stages

In this case, the GTL process with two FT reactors with equal
volume is considered (ns = 2). The stream leaving the first reac-
tor is going through a three-phase separator to separate light

gases, liquid hydrocarbon phase, and water. The light gases are
sent to the second FT reactor. The effluent of the second FT
reactor is sent to another three-phase separator to separate
light gases, liquid hydrocarbon phase, and water. A part of the
light gases from the second separator is purged and the rest is
recycled back to the FT and syngas sections to increase the con-
version of species.

The results of optimization of this case are presented in
Tab. 2. Here, the CO2 recovery percentage is lower than case 1
and the amount of tail gas recycled to the FT section is 80 %
which is higher than case 1. The probabilities of chain growth
inside the FT reactors are 0.959 and 0.970, respectively. Staging
of the FT reactor increases the production of C21+ by 1.5 %
compared to case 1. The amount of pure oxygen to adjust the
outlet temperature of the ATR at 1030 �C is 6312 kmol h–1

which is 506 kmol h–1 (7.42 %) lower than case 1. The flow rate
of the purge stream is 1236 kmol h–1 and contains mainly CO
(62.4 %), H2 (18.9 %), CO2 (11.1 %), and CH4 (3.4 %). In the
CO2 removal unit, 984 kmol h–1 of CO2 is removed from the
fresh syngas which is 546 kmol h–1 (35.69 %) less than case 1.
The flow rates of syngas to the first and second reactors are
144 700 and 133 500 kmol h–1, respectively.

www.cet-journal.com ª 2016 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim Chem. Eng. Technol. 2016, 39, No. 10, 1778–1784

Table 2. Optimal design of the GTL process with different numbers of stages of the FT reactors.

Single-stage Two-stage Three-stage Four-stage

Vi of each stage [m3] 2000 1000 666.67 500

H2O/C [–] 0.4 0.4 0.4 0.4

O2/C [–] 0.60 0.59 0.58 0.58

CO2 removal [%] 32 25.61 26 26

Purge [%] 1 1 1 1

Recycle to FT [%] 61 80 80.70 80.70

H2/CO fresh [–] 0.73 0.83 0.85 0.86

H2/CO into FT/first reactor [–] 0.52 0.45 0.44 0.44

H2/CO inside FT [–] 0.33 Reactor 1: 0.37 Reactor 1: 0.39 Reactor 1: 0.40

Reactor 2: 0.30 Reactor 2: 0.34 Reactor 2: 0.36

Reactor 3: 0.29 Reactor 3: 0.32

Reactor 4: 0.29

a [–] 0.966 Reactor 1: 0.959 Reactor 1: 0.9566 Reactor 1: 0.9555

Reactor 2: 0.970 Reactor 2: 0.9642 Reactor 2: 0.9613

Reactor 3: 0.9721 Reactor 3: 0.9672

Reactor 4: 0.9733

Carbon efficiency [–] 0.6241 0.6600 0.6673 0.6687

C21+ production rate [kg h–1] 77 753 78 948 79 216 79 346

Table 3. Production rate of hydrocarbons inside the FT reactor (single-stage reactor).

Selectivity [%] C1 C2 C3–C4 C5–C10 C11–C20 C21+

Iglesia kinetic model (Eqs. (6) and (7)) 2.37 0.22 0.72 4.02 10.49 82.18

Ideal ASF model (n = 1,2,K) 0.12 0.22 0.74 4.11 10.70 84.11
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Conversions of H2 in the first and second reactor are
20.01 % and 22.45 %, respectively, while the overall conversion
of H2 is 74.7 %. Per pass and overall conversions of CO are
8.43 % and 30.17 %, respectively. About 50.7 % of the wax is
produced in the first FT reactor. In both reactors 6934 kmol h–1

of water is produced. The amount of heat needed to be
removed from the first and second reactors to keep the reactor
temperatures constant at 210 �C is 5.92 ·108 and 5.29 ·108 kJ h–1,
respectively. The amount of make-up natural gas to the fired
heater is 1365 kmol h–1 which is 255 kmol h–1 lower than case 1.
In this case, 148 kmol h–1 of CO2 is emitted to the atmosphere via
purge stream. The carbon efficiency of the two-stage reactor is
5.8 % higher than for the single-stage reactor.

The flow of oxygen from the air separation unit (ASU), CO2

removal percentage, and amount of make-up natural gas as fuel
to the fired heater is less than in the case with the single-stage
reactor. These items will reduce the investment and operating
costs of the plant. The production rate of wax is higher than
for case 1, leading to higher carbon efficiency compared to
case 1. On the other hand, staging provides more degrees of
freedom for optimization and reduces the size and weight of
each stage. A multistage reactor configuration facilitates main-
tenance, catalyst replacement, and introducing interstage feed-
ing between the reactors. A multistage reactor will increase the
process complexity in terms of multiple separation unit opera-
tions, utility requirements, control systems etc. and there is a
trade-off between these factors.

As described earlier, Iglesia’s reaction rate on cobalt catalysts
is valid at CO conversions lower than 15 %. Using Iglesia’s
kinetic model outside the range of its validity is a possible
source of error. The model used to determine the probability of
chain growth (a) inside the FT reactor and also distribution of
products according to the ideal ASF model are further sources
of error. This is due to the fact that in reality the product distri-
bution deviates from the ideal ASF model. High values of a in
the optimal cases are due to the low H2/CO ratios inside the
FT reactor. It is known that using the a model outside the val-
idity ranges of (H2/CO) affects the product distribution. Using
a constant olefin-to-paraffin ratio of 0.35 for all carbon num-
bers can be considered as another source of error. Approximat-
ing the slurry bubble column reactor as a CSTR affects the con-
version of CO and H2 and consequently the distribution of
final products. The assumptions and simplifications made here
have the same impact on all cases. The relative change of the
wax production rate is important.

3.3 Case with Three-Stage FT Reactors and Product
Separation between Stages

In this case, the GTL process with three-stage FT reactors is
optimized (ns = 3). A part of the light gases from the third
three-phase separator is purged and the rest is recycled back to
the FT and syngas sections.

The results of optimization are given in Tab. 2, being very
close to the case with two-stage reactor. Staging of the FT reac-
tor will increase the production of C21+ by 0.34 % compared to
case 2 and there is not much to gain by having three stages.
The amount of pure oxygen to adjust the outlet temperature of

the ATR at 1030 �C is 6240 kmol h–1 which is 578 kmol h–1 less
than in case 1. The ratio of recycled stream to the fresh syngas is
2.89 kg kg–1. The flow rate of the purge stream is 1201 kmol h–1

and contains mainly CO (62.47 %), H2 (18.25 %), CO2 (11.15 %),
and CH4 (3.68 %). In the CO2 removal unit, 952 kmol h–1 of
CO2 is removed from the fresh syngas, being 578 kmol h–1 less
than in case 1. The flow rate of syngas to the first reactor is
141 400 kmol h–1. The total production of methane in the reac-
tors is 205 kmol h–1. Conversion of H2 in the reactors is
46.67 % while the overall conversion of H2 is 76.67 %. About
33.90 % of the wax is produced in the first FT reactor. The
amount of heat needed to be removed from the reactors
to keep the reactor temperatures constant at 210 �C is
1.13 ·109 kJ h–1. The amount of make-up natural gas to the
fired heater is 1343 kmol h–1 which is 277 kmol h–1 less than in
case 1. Here, 145 kmol h–1 of CO2 is emitted to the atmosphere
via purge stream.

3.4 Case with Four-Stage FT Reactors and Product
Separation between Stages

In this case, the GTL process with four-stage FT reactors is
optimized (ns = 4). The results of optimization of this case are
presented in Tab. 2 and are very close to the case with three-
stage reactors.

Tab. 4 presents the selectivity of the liquid hydrocarbon
stream leaving the three-phase separator (Fig. 2, to upgrading
unit stream at 30 �C). This stream then goes through the up-
grading section which is not considered here. It is important to
note that light hydrocarbons (Fig. 2, light ends stream at 30 �C)
are recycled back to the process. This stream contains mainly
CO (62.13 %), H2 (20.50 %), CO2 (9.19 %), CH4 (2.43 %), and
the rest consists of N2 and other hydrocarbons on mole basis
(single-stage FT reactor). The weight fraction of C21+ is about
85 % of the final product.

Staging of cobalt-based FT reactors was studied by Rafiee
and Hillestad. They used lumping of components to reduce the

number of components. Staging of the FT reactor will increase
the production rate of key components [20, 21]. Maretto and
Krishna optimized a multistage slurry bubble column reactor
for FTS [12]. The results demonstrate that staging of the reac-
tor increases syngas conversion and reactor productivity.

A case study is carried out to assess the impact of reactor
staging at constant conversion. The wax production rate of a
two-stage FT configuration is set at 77 753 kg h–1, i.e., the same
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Table 4. Carbon distribution of liquid hydrocarbon product.

Selectivity [%]

ns C1 C2 C3–C4 C5–C10 C11–C20 C21+

1 0.015 0.001 0.023 3.144 11.405 85.411

2 0.020 0.001 0.031 3.391 11.759 84.798

3 0.021 0.001 0.034 3.533 12.071 84.339

4 0.021 0.001 0.034 3.544 12.092 84.307
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production rate as a single-stage reactor. In this case, the
required volume is 1950 m3 and the volume reduction com-
pared to the single-stage reactor is 50 m3.

4 Conclusions

A novel design of a GTL process with a multistage cobalt-based
FT reactor and interstage product separation is presented. The
kinetic model is the one given by Iglesia. The objective function
is maximization of wax (C21+) at the end of the reactor path.
The degrees of freedom include the steam-to-hydrocarbon
ratio (S/C) to the prereformer, the oxygen-to-hydrocarbon ra-
tio (O/C) to the ATR, the tail gas purge ratio, the recycle tail
gas fraction to the syngas and FT sections, the CO2 removal
fraction, and the number of stages.

The results indicate that the production rates of wax for a sin-
gle-, two-, and three-stage FT reactor of the same total volume of
2000 m3 are 77 753, 78 948, and 79 216 kg h–1, respectively.

The authors have declared no conflict of interest.

Symbols used

k1 [kmolCH4Pa�1:05 m�3
reactors�1] kinetic parameter

k2 [kmolCOPa�1:25 m�3
reactors�1] kinetic parameter

K1 [Pa–1] adsorption parameter
n [–] carbon number
ns [–] number of stages
PCO [Pa] partial pressure of CO
PH2 [Pa] partial pressure of H2

rCH4 [kmolCH4 m�3
reactors�1] production rate of CH4

rCO [kmolCO m�3
reactors�1] consumption rate of CH4

UH2 [–] usage ratio of H2

Vi [m3] volume of each stage
Wn [–] mass fraction of Cn, n = 2,

3,K

Greek letter

a [–] chain growth probability

Abbreviations

ASF Anderson-Schulz-Flory
ASU air separation unit
ATR auto-thermal reforming
BFW boiler feed water
CSTR continuous stirred-tank reactor
FT Fischer-Tropsch
FTS Fischer-Tropsch synthesis
GHR gas-heated reforming
GTL gas-to-liquid
O/C oxygen-to-hydrocarbon ratio
OCM oxidative coupling of methane
S/C steam-to-hydrocarbon ratio
SBCR slurry bubble column reactors
SMDS Shell middle distillate synthesis
SMR steam methane reforming
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