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ABSTRACT: By incorporating reaction kinetics and reactor hydrodynamics, a steady-state two-phase one-dimensional reactor
model for biomass steam gasification in the bubbling fluidized bed gasifier of a dual fluidized bed reactor is developed. The
generic two-step kinetic model adopted for biomass pyrolysis allows for prediction of tar generation and cracking, as well as
predicting pyrolysis product yield and composition based on CHO elemental balances. This model is capable of predicting
species concentrations, solids holdup, temperature, pressure, and superficial gas velocity profiles along the gasifier. By performing
mass and energy balances over the two interconnected fluidized beds, key operating parameters such as solids circulation rate and
additional fuel required for stable operation of the process are approximated. This predictive reactor model, which will provide a
useful tool for designing, evaluating, and improving a dual fluidized bed gasifier, is compared with experimental data from the
pilot dual fluidized bed gasification unit at the University of British Columbia.

■ INTRODUCTION

Renewable energy is among the possible options to lower
greenhouse gas emissions while satisfying the global demand
for energy services. The share of renewable energy in the
energy mix has increased substantially in recent years.1

Bioenergy, a renewable energy, can be produced from a variety
of biomass feedstocks, including forest, agricultural and
livestock residues, short-rotation forest plantations, energy
crops, municipal solid waste, and other organic waste streams.
Through a variety of processes, these feedstocks can directly
produce electricity or heat, or be used to produce gaseous,
liquid, or solid fuels. The range of bioenergy technologies is
broad, and the technical maturity varies substantially.
Among the options for reducing greenhouse gas emissions is

gasification of biomass. Gasification is defined as a high-
temperature partial oxidation process in which a solid
carbonaceous feedstock such as biomass is converted to
gaseous products by gasifying agents such as air, oxygen,
steam, carbon dioxide, or their mixtures.2

Biomass gasification in fluidized bed reactors has a history of
proven operability in the field of solid fuel conversion to
gaseous products. However, improvements are needed to meet
the demands of commercial processes. A recent development of
fluidized bed gasifiers is the twin-bed configuration, known as
dual fluidized bed (DFB) gasifiers. Configurations and
operating conditions for dual bed gasifiers of different designs
have been reviewed by Corella et al.,3 in particular a successful
dual bed system developed at the University of Vienna, and put
into commercial use by Hofbauer et al.4

Because of its complexity, kinetic reactor modeling of
biomass gasifiers is at an early phase. Important information
is missing from the fluidized bed gasifier reactor model of
Corella et al.,5 in part due to its proprietary nature. The kinetic
reactor model of Radmanesh et al.,6 applied to a single bubbling
fluidized bed gasifier, contains useful reaction kinetic

information. Lü et al.7 developed a steady-state kinetic reactor
model of biomass air−steam gasification in a fluidized bed
reactor. Separate kinetic reactor models developed by Kaushal
et al.8 for a bubbling fluidized bed gasifier and a circulating
fluidized bed combustor9 are most relevant.
In developing kinetic models of biomass gasifiers, various

simplifying assumptions are included. For instance, while some
assume instantaneous drying and pyrolysis, others consider
these phenomena to be crucial components of the model.8,10

Moreover, although the gasification product gas is often
assumed to be free from tar,11 some models include a
submodel for tar generation and cracking.10 Two comprehen-
sive reviews on modeling of fluidized bed biomass gasifiers are
helpful to identify the knowledge gaps.12,13

The unique features of the model developed in this study are
revealed by comparing it with several kinetic models of
fluidized bed biomass gasifiers in the literature.2 Our
comprehensive one-dimensional two-phase phase kinetic
model evaluates the overall performance of a dual fluidized
bed biomass gasifier by closing mass and energy balances over
the entire system to predict the solids circulation rate and
additional fuel requirements for stable operation of the process.
Instead of assuming instantaneous biomass pyrolysis, as is
common in the literature, the two-step biomass pyrolysis
kinetic mechanism allows for tar generation and cracking to be
predicted, as well as addressing the knowledge gap in predicting
pyrolysis products yield and composition. Furthermore, by
using the ultimate analysis to define tar as a mixture of carbon,
hydrogen, and oxygen, uncertainties in tar measurement and
analysis are addressed.
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The objective of this paper is to apply a steady-state kinetic
reactor model to predict the performance of steam gasification
of biomass in the dual fluidized bed reactor at the University of
British Columbia (UBC). As shown schematically in Figure 1,
this reactor consists of two interconnected fluidized beds, which
are referenced as the gasifier and the riser/combustor.
Superheated steam fluidizes the gasifier in the bubbling flow
regime to produce syngas by partial oxidation of solid biomass
fed to the gasifier. Unreacted char (a byproduct of biomass
gasification), together with bed material (inert silica sand,
SiO2), are circulated from the bottom of the gasifier to the
bottom of the combustor, which operates at a higher
temperature. The combustor is a riser fluidized by air at a
high superficial gas velocity in the fast fluidization flow regime,
as in a circulating fluidized bed riser. The heat requirements of
the highly endothermic biomass gasification reactions are
provided by circulation of hot bed material (mostly sand) from
the top of the combustor through a cyclone to the gasifier. The
combustion of unreacted char is insufficient to maintain the
combustor temperature at the desired level, because of the large
heat losses experienced by a pilot-scale unit caused by its high
surface-to-volume ratio. Therefore, additional fuel (here,
natural gas) is burned with air in an air preheater/natural gas
burner prior to reaching the combustor.

■ MODEL DEVELOPMENT

Upon entering a fluidized bed gasifier, biomass particles are
exposed to very high heating rates, causing rapid increase of
particle temperature, evaporation of moisture and devolatiliza-
tion into volatile matter that may constitute more than 80% of
the original particle mass. The rest remains in the form of solid
char, which is subsequently consumed in heterogeneous
gasification reactions in the presence of an oxidizing agent
such as air or steam. During biomass drying and pyrolysis, the
gasifying agent may not reach the particle surface, because of
high evaporation and devolatilization fluxes, whereas during
gasification, the gasifying agent from the bulk gas stream is
transported to the char surface, where it reacts heterogeneously.
Therefore, drying, pyrolysis, and gasification can be modeled as
consecutive processes.

Simplifying Assumptions. To develop a realistic but
workable model for steam gasification of biomass in the dual-
bed reactor, the following simplifying assumptions are adopted:

(1) The system operates under steady-state conditions.
(2) The freeboard6,8,15 and the bubbles8,10,15,16 are modeled

as being free of solids.
(3) Uniform temperature and total pressure are assumed

throughout the BFB.17

(4) The solids in the BFB reactor are perfectly mixed,8,18−21

and there is a uniform distribution of drying and
pyrolysis products throughout the dense bed height.8

(5) Gases and volatiles are in plug flow inside the
reactor.8,18−21

(6) The freeboard region of the BFB is modeled as a plug
flow reactor without heat loss.6,8,15,20

(7) The particles are thermally thin, with instantaneous
heatup to the reactor temperature.

(8) Pyrolysis involves a two-step process, with primary and
secondary pyrolysis described by three parallel hetero-
geneous reactions and a homogeneous tar cracking
reaction, respectively.20−25

(9) First-order Arrhenius type chemical reactions are
assumed for pyrolysis.20−25

(10) The sand particles are inert and do not catalyze
reactions.26

(11) Catalysis by ash is also neglected.
(12) Chemical reaction is the rate-controlling mechanism for

char gasification inside the bubbling fluidized bed.
(13) The ideal gas law applies for all volatiles (gas and bio-oil)

released from biomass pyrolysis.
(14) For elemental balances, each species, including unreacted

biomass, char, noncondensable gas and tar, is treated as a
homogeneous mixture of carbon, hydrogen, and oxygen.
Other elements, including nitrogen and sulfur, are
neglected due to their low contents.

(15) Complete char (and natural gas) combustion occur
inside the CFB riser.

Reaction Kinetics. As illustrated in Figure 2, the biomass
pyrolysis products distribution is approximated from the
generic two-step kinetic mechanism,22−24 with primary

Figure 1. Schematic of UBC dual fluidized bed gasification pilot system.14
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pyrolysis modeled by three parallel first-order reactions
producing noncondensable gas, tar and char. Secondary
pyrolysis is modeled by a first-order reaction producing
noncondensable gas from thermal cracking of tar. The selected
kinetic parameters for primary pyrolysis are adopted from Chan
et al.,24 who verified their pyrolysis model predictions with
experimental results from lodgepole pine (wood) devolatiliza-
tion. The reaction kinetics equation of Boroson et al.27 is used
to model thermal cracking of tar (bio-oil) to noncondensable
gas in the temperature range of 500−800 °C, with
stoichiometry,

γ γ γ γ γ→ + + + +tar CO CO H CH TarCO CO 2 H 2 CH 4 Tar inert2 2 4 inert

(1)

and mass-based stoichiometric coefficients,

γ γ γ

γ γ

= = =

= =

0.56333, 0.11093, 0.01733,

0.08841, 0.22

CO CO H

CH Tar

2 2

4 inert (2)

The above stoichiometry suggests that 78% of the primary tar is
cracked, with the rest remaining unchanged. However, studies
show that operating parameters, such as fluidizing agent,
temperature, residence time and ash, affect tar cracking.8,28 To
account for these effects, the yield of inert tar is assigned a value
of zero (γTarinert = 0), while the remaining yields are loaded on
the noncondensable gas species (i = H2, CO, CO2, and CH4):

γ
=w

0.78i
i

,tar cracking (3)

All reaction rate constants are expressed in first-order and
Arrhenius form as

= −
⎛
⎝⎜

⎞
⎠⎟k k

E

RT
expj j

j
0

(4)

The kinetic parameters and heats of reaction are summarized in
Table 1. In addition, the kinetic rate expressions of the five
major gasification reactions included in the model are listed in
Table 2. Note that the catalytic effects of metal components
present in the biomass ash, such as Ca, Na, and K, are not taken
into account, despite indications that they can have significant
impact on the biomass gasification reactions.26

For small biomass particles that meet the criterion of being
thermally thin (i.e., Biot numbers ≪1), internal heat
conduction is much faster than external heat transfer, and
uniform temperature can be assumed throughout the particle
volume.35 For these particles, evaporation of the moisture
content, biomass devolatilization, and particle heatup to the
reactor temperature all occur almost instantaneously. There-
fore, the yields of biomass pyrolysis products (per unit mass of
dry biomass) are approximated at the reactor temperature by

̅ =
+ +

Y
k

k k kG,pyro
1

1 2 3 (5)

̅ =
+ +

Y
k

k k kT,pyro
2

1 2 3 (6)

̅ =
+ +

Y
k

k k kC,pyro
3

1 2 3 (7)

Assuming that tar, char, and noncondensable gas are
homogeneous mixtures of carbon, hydrogen, and oxygen, the
product gas composition is approximated from CHO elemental
balances for an average particle experiencing pyrolysis inside
the reactor. For a given reactor temperature, average elemental
compositions are assigned to each lumped species, and the
particle mass balance is broken down into CHO elemental
balances. Details of the elemental balances are discussed
elsewhere.36

BFB Gasifier Two-Phase Kinetic Reactor Model. In our
steady-state gas−solid bubbling fluidized bed reactor model,
while perfect mixing is assumed for solid particles, the gas phase
is modeled by a generalized version of the one-dimensional
two-phase model.37,38 As shown schematically in Figure 3, the
water vapor, gas, and tar generated from the drying, pyrolysis,
and gasification of biomass/char particles in the solid phase are
assumed to be transferred uniformly to the high-density
(emulsion) phase along the reactor height. Furthermore,
there is a net flow of excess gas from the emulsion phase to
the low-density (bubble) phase. The mixture of fluidizing agent
(i.e., N2 and steam) and gaseous products released from gas−
solid reactions are modeled as being in plug flow in both the
bubble and emulsion phases.
Because of the very good heat transfer of bubbling fluidized

beds, uniform temperature is assumed throughout the dense
region of the BFB as a first approximation. In the absence of
differential equations for energy balances and neglecting
dispersion (second-order) terms, a system of differential
equations for the gas mole balances in the low- and high-
density phases, as well as a differential equation for the reactor
pressure balance along the dense bed height, are solved
together.
For the bubble or low-density phase and i = 1, ..., NC:

ν ψ ψ ν

ψ ν ψ

− + − −

+ + =

′′′

′′′

→ → →

→

A z
C a k C C C

C

1 d
d

( ) ( )

Rate 0

i I c i i i

i i

L L L H L L Bulk L

H Bulk H L L

iL H ,L H L H

H L (8)

For the emulsion or high-density phase and i = 1, ..., NC:

ν ψ ψ ν

ψ ν ψ

− + − −

+ + =

′′′

′′′

→ → →

→

A z
C a k C C C

C

1 d
d

( ) ( )

Rate 0

i I c i i i

i i

H H H L H H Bulk H

L Bulk L H H

iH L ,H L H L

L H (9)

Pressure balance:

Figure 2. Two-step kinetic mechanism adopted for biomass
pyrolysis.22−24

Table 1. Kinetic Parameters for Biomass Pyrolysisa

j k0j (1/s) Ej (kJ/mol) ΔHrxn,j (kJ/kg)

1b 1.30 × 108 140 64
2b 2.00 × 108 133 64
3b 1.08 × 107 121 64
4c 1 × 105 93.3 −42

aFor mechanism, see Figure 2. bData taken from ref 24. cData taken
from ref 27.
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ε ρ− = −P
z

g
d
d

(1 ) s (10)

The variation in volumetric flow rate of each phase along the
reactor is calculated by assuming that the ideal gas law applies:

∑ν =φ φ
=

RT
P

F
i

N

i
1

C

(11)

with the molar flow rate of each species in phase φ:

ν=φ φ φF Ci i (12)

The bed superficial gas velocity at every height in the bed is

ν ν
=

+
U

A
L H

(13)

The bed volume fractions must add up to unity:

ψ ψ+ = 1L H (14)

Table 3 summarizes the hydrodynamic equations used for
kinetic modeling of BFB gasifier.
According to the Mahecha-Botero38 calculation algorithm, to

maintain fluidizing conditions at any integration point:

(a) If νH < mUmfA: Gas flows to the H-phase to avoid
defluidization.

ν

ν
ν

ψ

=

=
−
Δ

′′′

′′′

→

→

mU A
A z

0Bulk

Bulk
mf H

H

H L

L H
(15)

(b) If νH = mUmfA: There is no cross-flow.

ν

ν

=

=

′′′

′′′

→

→

0

0

Bulk

Bulk

H L

L H (16)

(c) If νH > mUmfA: Excess gas in the H-phase transfers to the
L-phase.

ν
ν

ψ

ν

=
−

Δ

=

′′′

′′′

→

→

mU A
A z

0

Bulk
H mf

H

Bulk

H L

L H (17)

Here, m can be taken as 1.0 corresponding to the standard
two-phase theory. Case (c) is often encountered for biomass
gasification, leading to the release of a significant amount of
excess gas flow in the H-phase. Most of this excess gas then
migrates to the L-phase to augment bubbles.
To account for heterogeneous reactions, we need to know

the distribution of solids between the two phases. From a solids
material balance:

ε ε ψ ε ψ− = − + −(1 ) (1 ) (1 )H H L L (18)

and the mass fraction of solids going to phase φ is

ε
ε

ψ
−
−

φ
φ

⎛
⎝⎜

⎞
⎠⎟

1

1 (19)

Given the perfect mixing assumption for particles in the BFB,
we assume that the ratio of char holdup (mChar) in adjacent cells
of the fluidized bed is the same as the ratio of total solids
holdup of those cells. With Δz being the equal cell height, we
have

Table 2. Kinetic Expression for Major Gasification Reactions

gasification reaction ref(s) reaction kinetic rate expression

Boudouarda 29
+ →

Δ ° = +

s

H

C( ) CO 2CO

172 kJ/mol
2

rxn

= × − ×− ⎜ ⎟
⎛
⎝

⎞
⎠r

RT
P(s ) 3.1 10 exp

215 000
[bar]C1

1 6
CO

0.38
2

water−gasa 30
+ → +

Δ ° = +

s

H

C( ) H O CO H

131 kJ/mol
2 2

rxn

= × − ×− ⎜ ⎟
⎛
⎝

⎞
⎠r

RT
P(s ) 2.62 10 exp

237 000
[bar]C2

1 8
H O

0.57
2

methanationa 31
+ →

Δ ° = −

s

H

C( ) 2H CH

75 kJ/mol
2 4

rxn

= − ×− ⎜ ⎟
⎛
⎝

⎞
⎠r

RT
P( s ) 16.4 exp

94800
[MPa]C3

1
H

0.93
2

steam-methane reforming (SMR) 32
+ ↔ +

Δ ° = +H

CH H O CO 3H

206 kJ/mol
4 2 2

rxn

= × − ×− − ⎜ ⎟
⎛
⎝

⎞
⎠r

RT
C C(mol m s ) 3 10 exp

125 000
SMR

3 1 5
CH H O4 2

water−gas shift (WGS) 33 and 34
+ ↔ +

Δ ° = −H

CO H O CO H

41 kJ/mol
2 2 2

rxn

=

= − × −− −

⎜ ⎟

⎜ ⎟

⎛
⎝

⎞
⎠

⎛
⎝

⎞
⎠

⎛
⎝⎜

⎞
⎠⎟

K
T

r
T

C C
C C

K

0.0265 exp
3968

(mol m s ) 2.78 exp
1510

.

WGS

WGS
3 1

CO H O
CO H

WGS
2

2 2

aFirst-order reactions, with respect to solid carbon. R = 8.314 J mol−1 K−1, T [K], and Ci [mol m
−3].

Figure 3. Schematic of two-phase biomass steam gasification reactor
model for the BFB.

Energy & Fuels Article

DOI: 10.1021/acs.energyfuels.7b01833
Energy Fuels 2017, 31, 12141−12155

12144

http://dx.doi.org/10.1021/acs.energyfuels.7b01833


ε
ε

+ Δ
= − + Δ Δ

− Δ
m z z

m z
z z A z

z A z
( )

( )
(1 ( ))

(1 ( ))
char

char (20)

If MChar is the total char bed inventory and Lbed the expanded
dense bed height, the local char holdup in every cell is
calculated as

ε
ε

= − Δ
−

m z
M

z A z
AL

( ) (1 ( ))
(1 )

Char

Char ave bed (21)

where the average bed voidage is given by

∫
ε

ε
=

z

L

d
L

ave
0

bed

bed

(22)

Therefore, the local char holdup in phase φ is

ε
ε

ψ
ε
ε

ψ
−
−

=
−
−

Δφ
φ

φ
φ

⎛
⎝⎜

⎞
⎠⎟

⎛
⎝⎜

⎞
⎠⎟
⎛
⎝⎜

⎞
⎠⎟m z

M
L

z( )
1

1

1

1Char
Char

bed ave (23)

Assuming that the above-mentioned distribution of char
particles between the cells and phases of the BFB also applies
to biomass particles that go through drying and pyrolysis, we
formulate the net reaction rates for different gaseous species.
For solids-free bubbles, heterogeneous biomass pyrolysis and
char gasification reactions only occur in the emulsion phase.
The net reaction rate for tar is obtained from tar generation

and cracking reaction rates:

ε
ε

ε γ

=
−
−

̅ ̇

− −

φ
φ

φ φ

⎛
⎝⎜

⎞
⎠⎟

Y m

AL

k C

Rate
1

1

/MW

[ (1 ) ]

Tar,
ave

T,pyro B,in Tar

bed

4 Tar Tar,inert (24)

Noncondensable gas species (i.e., i = H2, CO, CO2, and CH4)
are generated/consumed from three sources, including the
following:
(I) Biomass pyrolysis occurring uniformly along the dense

bed height:

ε
ε

=
−
−

̅ ̇
φ

φ⎛
⎝⎜

⎞
⎠⎟

Y m w

AL
Rate

1

1

( /MW)
i

i i
, ,pyrolysis

ave

G,pyro B,in ,pyro

bed

(25)

(II) Homogeneous thermal tar cracking:

ε γ= −φ φ φ

⎛
⎝⎜

⎞
⎠⎟k C

w
Rate [ (1 ) ]MW

MW
i

i
i, ,tar cracking 4 Tar Tar, Tar

,tar cracking

inert

(26)

(III) Homogeneous and heterogeneous gasification reac-
tions:

ε

ε
ε

= −

+
−
−

+

φ φ

φ⎛
⎝⎜

⎞
⎠⎟
⎛
⎝⎜

⎞
⎠⎟

r r

M
AL

r r

Rate ( )

1

1
/MW

(2 )C C

CO, ,gasification SMR WGS

ave

Char Char

bed
1 2

(27)

Table 3. Hydrodynamic Equations Used for the BFB Gasifier Kinetic Model

parameter ref(s) equation

volumetric flow rate of phase φ ν ψ ε=φ φ φ φ
U Agas

superficial gas velocity
ν ν

=
+

U
A

L H

Archimedes number
ρ ρ ρ

μ
=

−
Ar

gd( )g s g p
3

2

minimum fluidization velocity 39
ρ

μ
= = + −

U d
ArRe 27.2 0.0408. 27.2g p

mf
mf 2

voidage at minimum fluidization 40 ε ϕ≈ −(14 )Smf
1/3

bed voidage 41 ε
ε

= −
−

+ −U U gd
1

1
1 ( )/(0.711 )mf

mf

b

volume fraction of bubble phase ψ
ε ε

ε ε
=

−
−L

mf

L0 mf

bubble diameter 42 = − +−
⎛
⎝
⎜⎜

⎞
⎠
⎟⎟d g U U z A

N
0.56 ( ) 4b

0.2
mf

0.4

or

bubble rise velocity 43 = − + ⎜ ⎟
⎡
⎣⎢

⎛
⎝

⎞
⎠

⎤
⎦⎥U U U

U
gd( ) 1

0.711
b mf b

binary diffusion coefficient 44 and 45
σ

=
× +

Ω

−

D
T

P

1.858 10 [(MW MW)/(MWMW)]
ij

i j i j

ij

3 3/2 1/2

2

diffusion coefficient in mixture 46
=

−

∑ =
≠

D
y

y D

1

( / )i
i

j
j i

N
i ij1

C

interphase volumetric mass-transfer coefficient 47 ε π= +
→ →

⎜ ⎟
⎛
⎝⎜

⎞
⎠⎟
⎛
⎝

⎞
⎠a k

d
U

D U d6
3

2 /( )I c i
b

mf
mf b biL H L H
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ε

ε
ε

=

+
−
−

−

φ φ

φ⎛
⎝⎜

⎞
⎠⎟
⎛
⎝⎜

⎞
⎠⎟

r

M
AL

r

Rate ( )

1

1
/MW

( )C

CO , ,gasification WGS

ave

Char Char

bed
1

2

(28)

ε

ε
ε

= −

+
−
−

φ φ

φ⎛
⎝⎜

⎞
⎠⎟
⎛
⎝⎜

⎞
⎠⎟

r

M MW
AL

r

Rate ( )

1

1
/

( )C

CH , ,gasification SMR

ave

Char Char

bed
3

4

(29)

ε

ε
ε

= +

+
−
−

−

φ φ

φ⎛
⎝⎜

⎞
⎠⎟
⎛
⎝⎜

⎞
⎠⎟

r r

M MW
AL

r r

Rate (3 )

1

1
/

( 2 )C C

H , ,gasification SMR WGS

ave

Char Char

bed
2 3

2

(30)

Combining Equations 25−30, the net reaction rate for
noncondensable gas species i is

= + +φ φ φ φRate Rate Rate Ratei i i, , ,pyrolysis i, ,tar cracking , ,gasification

(31)

Finally, the net reaction rate for water vapor/steam is obtained
from drying, homogeneous, and heterogeneous gasification
reaction rates:
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(32)

Given an initial guess for the char holdup of the dense bubbling
bed and using the MATLAB ODE solver (ODE45), we solve
the above coupled ODEs numerically (13 ODEs). The code
contains a set of algebraic subroutines to calculate the various
model parameters used by the solver and the code complexity is
significant (having ∼1500 lines of code) to obtain the axial
concentration profiles of steam, tar, and noncondensable gas
species, as well as the reactor pressure. The numerical scheme
divides the BFB reactor into two zones (bottom dense bed and
top freeboard) and meshes each zone with cells of equal size. A
mesh independence study is performed to choose the largest
mesh that gives a mesh-independent solution. After running on
an initial mesh and ensuring convergence of residual error to
10−4 with steady monitor points and imbalances below 1%, the
mesh is refined globally so that we have finer cells throughout
the domain and the process is repeated until a solution is
reached that is independent of the mesh. Given the thermally
thin particle in a steady-state 1-D reactor model, the code is not
computationally expensive.
The mean solids residence time is defined as the solids

holdup inside the bubbling bed divided by the mass flow rate of
solid particles leaving the dense bed. In a dual fluidized bed
reactor configuration, the transportation of particles out of the
BFB occurs by circulation of solids to the combustor reactor.
Hence, the mean solids residence time inside the BFB is
calculated from experimental measurement of the sand
inventory of dense bubbling bed (Msand) and the sand
circulation mass flow rate (ṁsand):

τ =
̇

M
ms

sand

sand (33)

Therefore, the mass flow rate of char leaving the BFB is

τ
̇ =m

M

s
Char,out

Char

(34)

A char balance over the dense bubbling bed at steady-state
yields

̇ = ̇ − ̇m m mChar,out Char,gen Char,cons (35)

where

̇ = ̅ ̇m Y mChar,gen C,pyro B,in (36)

Fluidized particles are often small enough that internal
resistances to transfer are small. External transfer resistances
are also likely to be smaller than those related to chemical
reaction. Furthermore, the char particles are subject to severe
attrition inside the bed. Therefore, it is reasonable to neglect
the internal and external mass-transfer resistances and assume
that heterogeneous reactions are the rate-controlling mecha-
nism for char gasification.
Given the axial partial pressures of gasifying agents in the

emulsion phase which contains all the char, the rate of char
consumption due to heterogeneous gasification reactions
(Table 2) is
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Substituting the above values in the char balance equation for a
given mean solids residence time, the char holdup of the bed is
updated:

∫τ
=

̅ ̇

+ + +⎡⎣ ⎤⎦
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Y m

r z r z r z z L(1/ ) ( ( ) ( ) ( )) d /s
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(38)

For a given pressure drop across the bubbling fluidized bed, the
expanded bed height is obtained, iteratively:

ρ ε
=

− = − =
−

L
P z L P z

g
( ( ) ( 0))

(1 )bed
bed

sand ave (39)

Neglecting the char weight contribution, the total bed
inventory (Wbed) is

ρ ε= −W AL (1 )bed sand bed ave (40)

To reduce solids entrainment from the dense bubbling bed, the
reactor diameter is expanded in the upper section. For the
current model, the entrainment of char and sand particles is
neglected, and the freeboard region is modeled as a plug flow
reactor in which only homogeneous reactions (i.e., tar cracking,
SMR, and WGS) occur. Six ODEs for the mole balances of
gaseous species, together with one ODE for temperature
variation along the freeboard, are solved simultaneously. As a
first approximation and assuming a well-insulated freeboard, we
ignore heat loss from the freeboard:
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Boundary Conditions. The schematic of the dual fluidized
bed biomass steam gasification system in Figure 4 indicates the

location of the boundary conditions. Except for the superheated
steam used as the fluidizing gas, the concentrations of the other
species at the bottom of the BFB gasifier are set equal to zero
(assuming no air/gas carryover or leakage). The inlet gas flow is
divided into the two phases, making use of a split factor:

=F FSplitH O,H,in H H O,in2 2 (42)

= −F F FH O,L,in H O,in H O,H,in2 2 2 (43)

with the split factor calculated as

=
mU AC

F
SplitH

mf H O,in

H O,in

2

2 (44)

The ungasified char leaving the gasifier is burned with excess air
in the riser. Because the energy released from char combustion
is not able to provide enough heat for the process, natural gas is
introduced as an additional fuel. To simplify the calculations, all
the air required by the system, including that for char
combustion, natural gas combustion, and aeration air for
transfer of solids from the gasifier to the combustor, is treated
as a single stream introduced to the NG burner (air preheater)
upstream of the combustor.
At a given stoichiometric O2 ratio (λ), the total oxygen flow

rate required for complete combustion of natural gas (CH4 +
2O2 → CO2 + 2H2O) and char (C(s) + O2 → CO2) is

λ=
̇

+
⎛
⎝⎜

⎞
⎠⎟F

m
F

12
2O ,total

Char,in
CH ,Burner2 4 (45)

where FCH4,Burner is the molar flow rate of natural gas to the
burner.
Therefore, the CFB riser inputs are

= −F F F2O ,in O ,total CH ,Burner2 2 4 (46)

= ×⎜ ⎟
⎛
⎝

⎞
⎠F F

79
21N ,in O ,total2 2 (47)

=F F2H O,in CH ,Burner2 4 (48)

=F FCO ,in CH ,Burner2 4 (49)

= = =F F F 0CH ,in H ,in CO,in4 2 (50)

Overall Energy Balance. Regardless of the reactions
included in each reactor, energy balance calculations are only
based on total thermodynamic enthalpies of all inlet and outlet
streams crossing the system boundaries. In this manner, the
thermodynamic states of streams and the heats of reactions are
inherently taken into account. We have

∑ ∑̇ = ̇ * − ̇ *Q m H P T m H P T( , ) ( , )
j

j j j j
i

i i i i
(51)

To describe the thermodynamic states of the streams,
substances are divided into four classes: ideal gases, inorganic
solids, organic substances, and pure water/steam.48 NASA
polynomials are used to calculate isobaric heat capacities of
ideal gases and inorganic solid species.49 The empirical
correlations of Boie48 and Merrick50 are applied to calculate
the lower heating value of dry and ash-free biomass (LHVfuel)
and the enthalpy and heat capacity of char as functions of
temperature. IAPWS-IF9751,52 is used to estimate the enthalpy
of subcooled liquid water (i.e., biomass moisture content) and
superheated steam.
Since the volumetric heat capacity of the solids is much

higher than that of the gas, the outlet temperature and
composition of the solid and gaseous products are the same as
within the respective reactors. The constituents and temper-
atures of each stream are identified in Figure 4. The energy
balance for the gasifier is solved for the circulation rate of sand
between the two beds:
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Neglecting the circulation rate of char, compared to sand, the
net solids circulation flux for the given riser diameter is
estimated to be

π
=

̇
G

m
D /4s

sand

riser
2

(53)

As a fair approximation, we assume complete combustion of
char in the riser and complete combustion of natural gas in the
NG burner. The energy balance for the combustor, together
with NG burner, is then solved to determine the flow rate of
natural gas to the burner:
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Thus, the riser superficial gas velocity is calculated from the
CFB riser boundary conditions discussed above and the ideal
gas law:

∑
π
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1
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(55)

Figure 4. Schematic of dual vessel system biomass steam gasification.
Dashed and solid arrows denote energy and mass flows, respectively.
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Note that the above riser superficial gas velocity and solids
circulation flux are initial approximations, from an energy
balance point of view. In addition, a global pressure balance
over the two interconnected fluidized bed reactors should be
performed to determine the solids circulation rate required to
meet the hydrodynamic constraints of the DFB system under
steady-state operation.

■ RESULTS AND DISCUSSION
The predictions of the BFB gasifier model are compared with
experimental results of Li et al.,14 who studied the steam
gasification of two types of pelletshardwood (HW) and
softwood (SW)in the BFB steam gasifier of the UBC DFB
reactor. The properties of the feedstock and the experimental
operating conditions are summarized in Tables 4 and 5,

respectively. Temperatures were measured and averaged over
six or seven axial thermocouple positions, and also over the
gasification period. The particle properties and reactor
dimensions are reported in Table 6. For particles with a size
of dp = 790 μm (in this paper) and under typical operating
conditions (superficial gas velocity of ∼0.2 m/s, temperature =
750−800 °C, steam/biomass ratio (S/B) ≈ 1), the Biot
number is Bi = 0.2, which is not far above what is usually taken
as the threshold for the lumped capacitance model (Bi = 0.1).
Therefore, over the range investigated, the assumption of
thermally thin particles does not make a large difference in the
final product gas composition.
Model predictions of dry product gas composition are shown

in Figure 5, as a function of reactor temperature, together with
experimental data for steam gasification of wood pellets.14 As

seen, the model is successful at predicting the general trends
and the CO2 concentration. However, there are significant
quantitative differences in the CO, H2, and CH4 concentrations.
In order to quantitatively evaluate the performance of the

model, the absolute percent error for component i in each run
is calculated by

= ×
| − |

E
y y

y
% 100ik

i i

i

e p

e (56)

where yie and yip are the experimental and predicted volume
percent of species i in dry product gas, respectively. According
to Table 7, the average percent error for overall model
evaluation of H2, CO, CH4, and CO2 volume percentages for all
runs are 66.6%, 40.3%, 72.4%, and 16.9%, respectively. It is
noted that the difference between the experimental and
modeling results is likely to be influenced by heat loss effects
in the freeboard and also experimental sampling methods that
might have been affected by reverse reaction due to gas
cooling.38

At higher temperatures, H2 and CO production is promoted
by the endothermic Boudouard, water−gas, and steam methane
reforming reactions. Elevating the temperature reverses the
exothermic WGS reaction toward more H2 and CO production
and greater CO2 consumption.
Figure 5 shows that the model underpredicts the CO and

CH4 contents of the product gas, while overpredicting the H2
content. From the modeling point of view, underprediction of
methane in the syngas may be due to the very fast SMR
kinetics, consuming most of the methane generated from
biomass pyrolysis. On the other hand, the very high CH4
content measured experimentally in the UBC DFB gasifier
suggests inadequate gas residence time in the reactor for
effective reforming and cracking of hydrocarbons. In reality, the
experimental steam conversion is less than predicted,
suggesting that the steam fed to the gasifier reactor is not
fully available for gasification reactions. Hence, low steam
availability for the WGS and SMR reactions likely leads to the

Table 4. Feedstock Analysis in Experimental Runs

type of feedstock hardwood (HW) softwood (SW)

pellet particle size 6.35 × 12.7 mm 6.35 × 12.7 mm
moisture (%, wet basis) 3.4 5.4

Proximate Analysis

Content (wt % basis)

component hardwood (HW) softwood (SW)

volatiles 82.3 81.7
fixed carbon 17.1 17.3
ash 0.6 1.0

Ultimate Analysis (wt %, basis)

Content (wt %, dry-ash-free basis)

component hardwood (HW) softwood (SW)

C 48.10 50.80
H 5.61 6.26
O 45.82 42.62
N 0.37 0.22
S 0.10 0.10

Table 5. Operating Conditions of the UBC DFB Gasifier

Value

parameter Run 1 Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8

biomass type HW HW HW SW SW SW SW SW
biomass fuel flow rate (kg/h) 10.5 10.8 10.9 10.7 14.6 10.9 10.0 10.0
steam flow rate (kg/h) 10.3 10.3 10.3 10.3 10.3 10.3 10.2 10.3
gasifier dense bed temperature (°C) 690 750 790 830 800 824 831 750
combustor top temperature (°C) 740 820 900 930 884 920 942 870

Table 6. Particle and Reactor Conditions

parameter value

riser diameter 0.1 m
riser height 6.5 m
gasifier diameter 0.3 m
freeboard diameter 0.66 m
gasifier height (w/o freeboard) 2.43−1.37 m
number of holes in distributor plate 72
gasifier bed inventory 120 kg
sand particle average diameter 143 μm
sand density 2650 kg/m3

biomass particle average diameter 790 μm
biomass particle density 570 kg/m3
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low H2 and high CO contents in the product gas observed
experimentally.
One of the features of the novel “sore-thumb” standpipe

entrance used in the experimental tests14 is that the flow of
steam leaving with the particles entering the U-bend from the
bottom of the BFB gasifier is unknown. This portion of the
total steam will not have been available for reaction in the
gasifier. Therefore, several simulations were performed with
different possible effective S/B ratios. As depicted by the
dashed curves of Figure 5, for an effective steam-to-biomass
ratio of 0.5, the hydrogen continues to be significantly
overpredicted and the methane continues to be underpredicted,
although their predictions are somewhat improved. The reasons
for the lack of agreement with the H2 and CH4 predictions of
the model are likely to be the stability of methane in the
absence of steam reforming catalyst, as well as methanation
(reverse reforming) reaction in the cooler freeboard of the
gasifier. Note that our model does not account for heat losses
from the freeboard and temperature drop in downstream
components, such as the cyclone, exit gas line, and heat
exchanger, given the difficulty of estimating the contribution of
the different heating elements that are installed externally and
insulated. Future work is needed to make better allowance for
heat losses, temperature gradients, and decreasing concen-
trations of particles with height in the freeboard region of the
gasifier, as well as catalytic effects of the components of the char
and sand in the reactor system.

In the following paragraphs, the sensitivities of various
operating parameters are explored by further simulations.
Tables 6 and 8 summarize the input parameters used for the
simulations. The operating conditions are typical of the UBC
DFB gasifier. Given the difficulty of estimating heat loss, for
simulation purposes, we first assume a heat loss of 15% (ṁfuel ×
LHVfuel) for each reactor.
The predicted changes in molar fractions of gaseous species

in the bubble and emulsion phases along the height are

Figure 5. Effect of gasifier dense bed temperature on dry product gas composition for steam gasification of hardwood and softwood. The unbroken
and dashed curves are predictions from the model developed in this paper for S/B = 1 and S/B = 0.5, respectively, whereas the experimental data
points are from Li et al.14

Table 7. Absolute Percent Error of Dry Gas Composition

Absolute Percent Error (vol %)

component Run 1 Run 2 Run 3 Run 4 Run 5 Run 6 Run 7 Run 8

H2 117.2 47.8 48.9 73.4 62.7 67.9 58.2 56.8
CO 58.1 38.1 31.1 40.7 35.9 34.3 34.3 49.4
CH4 53.9 65.2 74.0 83.1 71.5 81.2 83.6 66.5
CO2 7.0 9.5 8.0 27.2 25.3 10.3 20.0 28.0

Table 8. Operating Conditions for UBC DFB Gasifier
Simulation

parameter value

biomass fuel flow rate 10 kg/h (as received)
biomass moisture content 10 wt % (as received)
steam flow rate 10 kg/h
Tfuel (at the inlet) 25 °C
Pfuel (at the inlet) 1.1 atm
gasifier temperature 650−800 °C
Tsteam same as the gasifier
Psteam (at the inlet) 1.2 atm
combustor temperature 900 °C
excess air 20%
Tair (at the inlet) 400 °C
Pair (at the inlet) 1.1 atm
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illustrated in Figure 6. Dashed curves represent the emulsion
phase, whereas the solid curves denote the bubble phase.
Heterogeneous biomass gasification reactions are dominant in
the emulsion phase, where almost all of the solid char resides.
Furthermore, the smaller gas velocity in the emulsion phase
leads to increased gas residence time there. Hence, H2O is
consumed more rapidly along the height in the emulsion phase.
On the other hand, the H2 concentration is higher in the
emulsion phase than in the bubble phase, indicating that more
hydrogen is produced in this phase. Because of the Boudouard
reaction, the CO concentration is also greater in the emulsion
phase than in the bubble phase.
Figure 7 shows the equilibrium constant of the WGS reaction

(KWGS), together with the ratio κ (defined as κ = ([CO2][H2])/
([H2O][CO]), as functions of the height in the gasifier.
Because of the drop in temperature along the freeboard, both

KWGS and κ vary with height. As seen, at the top of the dense
bubbling bed, the composition of gas mixture approaches
equilibrium, and, because of the increased gas residence time in
the conical section of the reactor, the composition there is also
close to that at equilibrium. However, above the conical section,
the gas mixture composition deviates substantially from that at
equilibrium and almost flattens out, because of the low reaction
rates at the reduced temperatures.
The predicted dry product gas composition, as a function of

gasifier temperature, is illustrated in Figure 8, where the solid
curves represent the dry product composition leaving the
reactor and the dashed curves represent the gas composition
just above the dense bubbling bed. Since the WGS reaction is
exothermic, elevating the temperature reverses this reaction
toward more CO production and CO2 consumption. CO and
H2 production are also promoted by the endothermic SMR

Figure 6. Mole fractions of gas species along the gasifier height (where B denotes bubble, and E denotes emulsion). Gasifier dense bed temperature
= 750 °C.

Figure 7. Deviation from WGS reaction equilibrium constant (KWGS), as a function of height in the gasifier. Gasifier dense bed temperature = 750
°C, steam/biomass (S/B) mass flow ratio = 1.22.
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reaction. These trends are consistent with modeling and
experimental data from the literature.53,54 The freeboard allows
for the homogeneous reactions, which enhance the con-
sumption of CH4 and CO and the production of H2.
The predicted variations of different performance variables

with gasifier temperature are plotted in Figure 9. Since

gasification is primarily an endothermic process, increasing
the temperature increases the product gas volumetric flow rate
(QPG), at the cost of decreasing the lower heating value
(LHVPG). Increasing the gasifier temperature at a fixed
combustor temperature decreases the temperature difference
between the two fluidized beds. In order to provide greater
sensible heat transfer, which is required to maintain the gasifier
at a higher temperature, the sand circulation rate must increase.
Therefore, increasing gasifier temperature increases the solid
circulation flux (Gs) and decreases the solids mean residence
time (τs) in the gasifier. By increasing the gasifier temperature,
the mass flow rate of char transferred to the combustor (ṁchar)
decreases, at the cost of a slight increase in the required
volumetric flow rate of natural gas (QNG) to the combustor.
We define the chemical efficiency of the process as

η =
̇

Q

m

LHV

LHVchem
PG PG

fuel fuel (57)

Figure 10 shows that both the carbon conversion and the
chemical efficiency increase significantly with increasing gasifier

temperature, resulting from enhanced gasification reactions that
are highly endothermic.
Figure 11 plots the predicted dry product gas composition, as

a function of the S/B ratio, where the solid and dashed curves

represent the product composition with and without the
freeboard, respectively. With increased steam, more H2 and
CO2 are produced at the cost of increased consumption of CO
and CH4 by means of the WGS and SMR reactions.
Furthermore, because of the reactions occurring in the
freeboard, the consumptions of CH4 and CO are enhanced,
and the H2 production is increased.
The predicted variations of different performance variables

with various S/B values are illustrated in Figure 12. Increasing
the S/B value promotes gasification reactions toward increased
product gas volumetric flow rate (QPG). Increasing the S/B
value decreases the product gas lower heating value (LHVPG),
mainly because of increased CO2 content of the product gas.
As shown in Figure 13, the chemical efficiency does not

change appreciably with variation of the steam/biomass ratio,
whereas the carbon conversion is predicted to increase slightly
with increasing steam/biomass ratio.
Unlike large plants where process heat integration and

comparatively low heat losses lead to higher process
efficiencies, for smaller reactors with higher ratios of heat
transfer surface area to reactor volume, heat loss plays an
important role in energy balance calculations. Note that the

Figure 8. Predicted dry product gas composition as a function of
gasifier dense bed temperature. Solid and dashed curves represent the
composition with and without freeboard, respectively. S/B = 1.22.
(For other operating conditions, see Tables 6 and 8.)

Figure 9. Variation of key performance variables as a function of
gasifier temperature. S/B = 1.22, combustor temperature = 900 °C.

Figure 10. Predicted chemical efficiency and carbon conversion, as
functions of the gasifier temperature. S/B = 1.22.

Figure 11. Predicted dry product gas composition as a function of S/B
ratio. Solid and dashed curves represent the composition with and
without the freeboard, respectively. Gasifier temperature = 750 °C.
(For other operating conditions, see Tables 6 and 8.)
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above definition of chemical efficiency does not truly represent
the overall process efficiency, because it does not take into
account the external heating requirements of the process. In the
literature,55,56 the overall process efficiency is defined in two
ways:

η =
̇ +

Q

m Q

LHV

LHV LHVOverall,I
PG PG

fuel fuel CH CH4 4 (58)

η =
−

̇

Q Q

m

LHV LHV

LHVOverall,II
PG PG CH CH

fuel fuel

4 4

(59)

The first definition gives the energy obtained in the product gas
divided by the total energy input to the system, where the input
includes the biomass and any additional fuel, such as CH4. This
definition can be generalized by including other energy inputs,
such as the heat provided by electric heaters to preheat the air
and heat the superheated steam to the desired gasifier
temperature. The second definition, which gives lower values
of process efficiency, is particularly meaningful when one
considers the special case of recycling a fraction of product gas
to be combusted in the riser.
Figure 14 demonstrates the effect of heat loss on the

chemical and overall process efficiencies. The heat loss is taken
into account as the fraction of biomass energy input
(ṁfuelLHVfuel) to the gasifier. As shown in Figure 14, if we
assume that the entire heat loss of the dual fluidized bed system
occurs from the gasifier, a lower limit for chemical efficiency is

obtained. On the other hand, if the entire heat loss is from the
combustor, one obtains an upper limit for chemical efficiency,
which does not change with variation of the heat loss from the
combustor. When it comes to overall process efficiency, the
distribution of heat losses in the system does not matter, and
the overall process efficiency decreases sharply as the total heat
loss increases. When heat loss is negligible, the maximum
overall efficiency is ∼75%, which is close to the chemical
efficiency.

■ CONCLUSIONS
The performance of a dual fluidized bed gasifier was simulated
with a steady-state predictive kinetic reactor model that uses a
generic version of the two-phase fluidized bed reactor model.
This model predicts species concentrations, temperature,
pressure, superficial gas velocity, and other hydrodynamic
parameters, such as voidage profiles along the reactor. By
integrating the reactor models of a bubbling fluidized bed
(BFB) gasifier and a circulating fluidized bed (CFB) riser/
combustor through mass and energy balances, key operating
parameters such as solids circulation rate and natural gas flow
rate required for stable operation of the process are predicted.
Predictions of the BFB gasifier reactor model are compared
with experimental results from the UBC DFB gasifier.14

Sensitivity analyses were performed with respect to the
steam-to-biomass (S/B) ratio, gasifier temperature, and system
heat loss. Sensitivity analysis shows that, for smaller S/B ratios,
the dry product gas composition predicted by the model is in
better agreement with experimental data. This suggests that low
steam availability for WGS and SMR reactions, because of it
being drawn down the U-bend, might have led to the low H2
and high CH4 contents in the product gas observed in the
experimental measurements. High heat losses in the pilot-scale
dual bed may also have been a significant factor. Future work
will focus on heat losses and catalytic effects of particles in the
gasifier freeboard. The developed kinetic model gives the
following insights:
(1) Pyrolysis is a key step greatly affecting the model

predictions. To develop a reliable model, in addition to the
yields of pyrolysis products that are often modeled as lumped
species, an attempt was made to address an existing gap of
knowledge in predicting the composition of major compounds
in pyrolysis gas, based on the generic two-step biomass
pyrolysis kinetic mechanism and CHO elemental balances.

Figure 12. Performance variables as functions of S/B ratio. Gasifier
dense bed temperature = 750 °C, combustor temperature = 900 °C.
(For other operating conditions, see Tables 6 and 8.)

Figure 13. Predicted chemical efficiency and carbon conversion as
functions of S/B ratio. Gasifier dense bed temperature = 750 °C.

Figure 14. Chemical and overall process efficiencies as functions of
overall heat loss. Gasifier dense bed temperature = 800 °C, combustor
temperature = 900 °C, S/B = 1.22, excess air = 20%.
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(2) By defining tar as a mixture of carbon, hydrogen, and
oxygen, uncertainties in tar measurement and analysis are
addressed. However, major effort is still needed to improve the
predictability of char and tar conversion processes.
(3) Uncertainties about the model structure can be reduced

by obtaining and comparing further experimental dual bed
results with model predictions.
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■ NOMENCLATURE
A = bubbling bed cross-sectional area, m2

aIL→H
= interphase transfer area between phases per unit

volume, m−1

Ar = Archimedes number, -
Bi = Biot number, -
Ci = concentration of species i, mol/m3

Ciφ = concentration of species i in phase φ, mol/m3

Cp = specific heat capacity, J/(kg K)
db = bubble diameter, m
Dij = binary diffusion coefficient between species i and j, m2/
s
dp = particle diameter, m
Driser = riser internal diameter, m
Ej = activation energy of jth reaction, kJ/mol
Fiφ = molar flow rate of species i in phase φ, mol/s
g = acceleration of gravity; g = 9.81 m2/s
GS = solid circulation flux, kg/(m2 s)
Hi* = total enthalpy of stream i, J/mol or J/kg
K = equilibrium constant, -
kCi,L→H

= interphase mass-transfer coefficient of species i, m/s
k0j = pre-exponential factor of jth reaction, s−1

kj = kinetic rate constant of jth reaction, s−1

Lbed = dense bubbling bed height, m
m = mass, kg
m = parameter for modified two-phase theory, -

ṁ = mass flow rate, kg/s
MChar = char hold-up inside reactor, kg
MW = molecular weight, g/mol
NC = number of gas components, -
Nor = number of holes in distributor plate, -
Nr = number of reactions, -
P = reactor pressure, Pa
Pi = partial pressure of ith species, Pa or bar
P0 = standard pressure, P0 = 1 bar
Q = volumetric flow rate, m3/s or Nm3/h
Q̇ = net heat source/sink, kW
Qloss = heat loss, kW
r = reaction rate, s−1 or mol/m3.s
R = universal ideal gas constant; R = 8.314 J/(mol K)
Ratei,φ = net reaction rate of species i in phase φ, mol/(mφ

3

s)
SplitH = H-phase flow split factor, -
t = time, s
T = temperature, K
U = superficial gas velocity, m/s
Ub = bubble rise velocity, m/s
Uc = superficial gas velocity at transition from bubbling to
turbulent fluidization regime, m/s
Umb = minimum bubbling velocity, m/s
Umf = minimum fluidization velocity, m/s
Use = transition velocity from turbulent to fast fluidization
regime/significant entrainment, m/s
Ugas,φ = convective gas velocity of phase φ, m/s
uφ = absolute gas velocity in phase φ, m/s
w = mass fraction, -
Wbed = solids bed inventory, kg
XC = overall carbon conversion, -
yi = mole fraction of ith species, -
Y̅ = average yield, kg/kg dry biomass
z = axial coordinate along reactor height, m

Greek Symbols
γi = stoichiometric coefficient of the ith species in the tar
cracking reaction, -
ΔHrxn° = heat of reaction at standard condition, kJ/kg or kJ/
mol
ΔHrxn,j = heat of jth reaction, kJ/kg
ε = bed voidage at height z, -
ε,̅ εave = average bubbling bed voidage, -
εφ = void fraction of phase φ, -
ηchem = chemical efficiency, -
κ = ratio of ([CO2]·[H2])/([H2O]·[CO])
λ = stoichiometric oxygen ratio for combustion, -
μ = viscosity, kg/(m·s)
νφ = volumetric flow rate of phase φ, m3/s
νBulkL→H
‴ = volumetric flow rate convectively transferred from
the L-phase to the H-phase per unit volume of phase, s−1

ρ = density, kg/m3

τs = mean solids residence time, s
φ = phase L or H
ϕS = particle sphericity, -
ψφ = volume fraction of phase φ, -
Ω = temperature-dependent collision integral

Subscripts
b = bubble
B = biomass
C = char, carbon
comb = combustor/riser
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eq = equilibrium
fb = freeboard
fuel = dry-ash-free biomass feed
g = gas phase
G = noncondensable gas
G2 = secondary gas
H = hydrogen/high-density phase (emulsion or annulus)
i = species number
j = reaction number or element number
L = low-density phase (bubble or core)
M = moisture
mf = minimum fluidization
NG = natural gas
O = oxygen
P = particle
PG = product gas
S = solid/sand
T = tar
V = water vapor

Abbreviations
BFB = bubbling fluidized bed
CFB = circulating fluidized bed
DFB = dual fluidized bed
FICFB = fast internally circulating fluidized bed
HW = hardwood
LHV = lower heating value
Rxn = reaction
S/B = steam/biomass ratio
SMR = steam-methane reforming
SW = softwood
WGS = water−gas shift
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